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Abstract

In the advanced electronic packaging, low-pressure subcooled flow boiling has been applied in design of compact
heat exchangers for the effective electronic cooling. Through literature survey it is noted that little studies were carried
out on the low-pressure and low-flow velocity subcooled flow boiling. In this paper a one-dimensional, non-equilibrium
two-fluid model is proposed. The model has been validated with existing data in literature for both vertical up-flow and
down-flow configurations. The simulated results show that under low-flow velocity the single phase heat transfer frac-
tion is insignificant in vapor generation rate. The predicted results indicate that buoyancy force plays an important role
on the void fraction evolvement, especially under low-flow velocity in vertical down-flow configuration.
� 2005 Elsevier Ltd. All rights reserved.
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1. Introduction

Subcooled boiling occurs when there is local boiling
at the wall surface heated by the high heat fluxes, even
though the bulk liquid has not reached the saturated
temperature. The bubbles formed at the heated surface
have a larger population density and short lifetime.
Although the subcooled flow boiling improves the heat
transfer, the pressure drop is increased such that the flow
reduction and flow instability may occur. Fig. 1 shows
the typical axial distribution of the temperature, void
fraction, and bubble layer development along a uni-
formly heated channel, as illustrated by Srizawa and
Kenning [1]. In the region of single-phase heat transfer,
0017-9310/$ - see front matter � 2005 Elsevier Ltd. All rights reserv
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the temperature of the bulk liquid and the wall increases
linearly along the tube. If the heating surface tempera-
ture exceeds the saturated temperature by a certain
value, bubbles begin to initiate at a point called the onset
of nucleation boiling (ONB, point A in Fig. 1), and they
adhere and slide along the wall surface. The subcooled
boiling continues downstream from ONB, due to the
continuous wall heating. The bubble density increases
and the bubble layer grows until the first bubble de-
taches from the heated surface into the core flow at point
C. This low void fraction region continues until the void
fraction starts to increase sharply at point D, the onset
of significant void point (OSV). Finally the bulk liquid
reaches to the saturated temperature.

In the advanced electronic packaging, low-pressure
subcooled flow-boiling has been applied in the design
of compact heat exchangers for the effective electronic
ed.



Nomenclature

a thermal diffusivity, m2/s
aG sound speed of vapor, m/s
A tube or annuli flow cross-section area, m2

B defined in Eq. (20)
C defined in Eq. (21)
C1 the portion of the heating surface not cov-

ered by bubbles
C2 coefficient related to the pumping factor,

C2 ¼ 1
1þe

C 0 virtual mass coefficient
CD drag coefficient for a single bubble
CEV evaporation parameter with a value of

about 0.5
CFI interfacial friction factor
Ccon empirical coefficient in Eqs. (41) and (42)
CP specific heat, J/kg �C
dBA bubble departure diameter, m
D tube inside diameter, m
Dh hydraulic diameter, Dh = D for the tube

channel, Dh = Do � Di for the annular
channel, m

Di the outside diameter of the inner tube for the
annular channel, m

Do the inside diameter of the out tube for the
annular channel, m

fGO single phase friction coefficient for vapor
fLO single phase friction coefficient for liquid
FGI interfacial force for the vapor due to the

mass exchange, N/m3

FLG interfacial force between the two phases, N/
m3

FLI interfacial force for the liquid due to the
mass exchange, N/m3

FWG force between the wall surface and the
vapor, N/m3

FWL force between the wall surface and the
liquid, N/m3

g gravity acceleration, m/s2

G mass flux flowing in the tube, kg/m2s
h enthalpy, J/kg
hLG evaporation heat from the liquid to the

vapor, J/kg
~hsp single phase heat transfer coefficient, W/

m2 K
Ja Jacob number in terms of the liquid sub-

cooling, qLCPLðT sat�TLÞ
qGhLG

K thermal conductivity, W/m K
L length, m
Lsp length of single phase flow, given in Eq. (59)
N total node points divided for the channel
Nu1 Nusselt number defined in Hainoun et al.

[13]

Nu2 Nusselt number defined in Hainoun et al. [13]
Nusp Nusselt number for single phase flow
P pressure, Pa
Ph heating perimeter of the channel, m
Pr Prandtl number
qL heat flux component for the heating of the

liquid, W/m2

qP heat flux component due to the pumping
effect, W/m2

qV heat flux component for generation the
vapor on the wall surface, W/m2

qW total wall heat flux, W/m2

RB bubble radius, m
ReB bubble Reynolds number
ReGO vapor Reynolds number assuming that the

whole mixture is flowing as vapor
ReLO liquid Reynolds number assuming that the

whole mixture is flowing as liquid
t time, s
T temperature, �C
TW,ONB wall temperature at the onset of nucleation

boiling, �C
U velocity, m/s
UGJ bubble relative velocity, m/s
x vapor mass quality
xeq equilibrium thermodynamic quality
Y defined in Eq. (19)
z axial location along the flow direction, m

Greek symbols

a void fraction
aOSV void fraction at the onset of significant void
aK void fraction for phase K
e pumping factor
e1 initial assumed void fraction at ONB
e2 initial assumed relative velocity at ONB
l dynamic viscosity, Pa s
q density, kg/m3

sC condensation time, s
r surface tension, N/m
C vapor or liquid generation rate per unit mix-

ture volume, kg/m3 s
CG,con vapor condensation rate in the bulk core,

kg/m3 s
CG,V vapor production rate by the wall heating,

kg/m3 s
CG,net net vapor generation rate in terms of the

balance of the wall heating and the conden-
sation in the bulk core, kg/m3 s

g phase distribution parameter, g = 0.5 for
bubbly flow, and g = 0 for other flow regime

h angle versus the gravity direction
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dth thermal boundary layer thickness, m
Dq qL � qG
DPGO friction pressure drop assuming all the mix-

ture is flowing as vapor
DPLO friction pressure drop assuming all the mix-

ture is flowing as liquid
Dz mesh size, m

Subscripts

0 the first node point in the two-phase flow
region

B bubbles

con condensation
in parameters at the location of the channel en-

trance
L liquid
LG values between vapor and liquid
G vapor
ONB point of onset of nucleation boiling
OSV point of onset of significant void
sat saturated
W wall
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Fig. 1. Void fraction and temperature development in a heated
channel.
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cooling [2], due to its ability to enhance higher heat dis-
sipated rate from the device. Literature review [3] shows
that the existing theoretical models on subcooled flow
boiling focused mainly on the study of void growth dis-
tribution at pressurized water reactor at high pressures.
The application of the existing models to the subcooled
flow boiling at low pressures was found to be unsatisfac-
tory, as reported by Hainoun et al. [3], and Zeitoun et al.
[4].

In experimental investigation, Rogers et al. [5] per-
formed the low-pressure subcooled boiling experiments
to determine the void content at OSV. The results have
shown that the void fraction at OSV was in the range of
5–10%. Bibeau et al. [6] measured the void fraction and
wall temperatures for two annular channels at low pres-
sures. They found that the void growth in this high sub-
cooled region was significant, which was quite distinct
from the characteristics at high-pressures. The author
reported that for low-pressure subcooled flow boiling,
the OSV was independent of the location of the first
bubble detaching from the heating surface and the tran-
sition took place from the partial boiling to the fully
developed boiling. So far most of the measurements
were performed for vertical up-flow configuration. Little
investigation was performed on void growth in vertical
down-flow [7].

In mathematical modeling two approaches were pro-
posed to calculate the void evolvement in the subcooled
flow boiling, one was the profile-fit model, the other was
the mechanistic model. It is noted that the profile-fit
models do not attempt to model the mechanism of the
subcooled boiling, in which the effect of buoyancy force
and the detachment mechanism in the determination of
void content are ignored. This model is usually based on
a fit to uniform axial heat flux data. The prediction of
the subcooled void distribution for non-uniform axial
heat flux is questionable, as reported by Levy [8] and
Staub [9].

Hainoun et al. [3] proposed a vapor generation model
to simulate the subcooled flow boiling. The numerical
predictions compared reasonable well with the experi-
ment data. A mechanistic model was developed by Zei-
toun et al. [4] to predict the axial void fraction profile in
low-pressure subcooled flow boiling, in which the effect
of buoyancy force was not considered. This buoyancy
force effect will become significant at low-flow velocity
in vertical down-flow configuration.
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The present investigation is motivated by the need to
model the low-pressure subcooled flow boiling in the
cooling of electronic devices operating at low-flow veloc-
ity. A one-dimensional, non-equilibrium two-fluid mod-
el is developed. The two-phases are modeled using the
separated equations accounting for the interfacial forces
between the phases. The model accounts for the flow
direction in both the vertical upward and downward
configurations and flow pattern transitions.
2. Mathematical models

2.1. Governing equations

Referring to Fig. 1, the subcooled liquid enters the
gap channel formed by two infinity plates with the gap
of d. The bottom wall is being heated, while the upper
wall is adiabatic or heated. The flow is considered to
be one-dimensional with accounting for the average
parameter in the height direction while the width direc-
tion is infinity. Heating causes the onset of boiling tak-
ing place somewhere downstream of the entrance. In
the two-phase region, formulation of the general conser-
vation equations of mass, momentum and energy was
presented by Ishii and Mishima [10]. For the steady state
with negligible kinetic and potential energy, the conser-
vation equations are reduced to the following five equa-
tions. It is noted that the following conservation
equations are general and are valid for the low pressure
and mass flux operation ranges.

• Phase mass equations

o

oz
ðaqGUGÞ ¼ CG ð1Þ

o

oz
½ð1� aÞqLUL� ¼ CL ð2Þ

• Phase momentum equations

o

oz
ðaqGU

2
GÞ þ a

oP
oz

þ aqGg cosðhÞ

¼ �FWG � F LG � F GI ð3Þ

o

oz
½ð1�aÞqLU

2
L�þ ð1�aÞoP

oz
þð1�aÞqLgcosðhÞ

¼�FWLþF LG�F LI ð4Þ

• Mixture energy equation

o

oz
ðaqGUGhG þ ½1� a�qLULhLÞ ¼

qWP h

A
ð5Þ

It is assumed that the wall shear stress contributed by
the vapor phase (FWG) is negligible [11]. Note that
CG + CL = 0. qW is the applied wall heat flux, Ph is the
heated perimeter and A is the flow cross-section area
of the channel. Ph is pDi for annular channels with the
heating on the inner wall surface. The liquid density
qL is the functions of the pressure and enthalpy.

qL ¼ qLðP ; hLÞ ð6Þ

The vapor phase is assumed to be saturated thus the
vapor density and the enthalpy are only depended on the
pressure.

qG ¼ qG;satðPÞ ð7Þ

hG ¼ hG;satðP Þ ð8Þ

Eqs. (1)–(5) contain five unknowns, a, P, UG, UL, hL.
The liquid temperature is known from the liquid enthalpy
hL and pressure P.

2.2. The determination of the interfacial terms

2.2.1. Interfacial drag force between the two-phases

Interfacial drag force between the two phases FLG is
modeled as [11]

F LG ¼ 2CFI

Dh

ffiffiffi
a

p
qGðUG � ULÞ j UG � UL j

þ C0aqLUG
dðUG � ULÞ

dz
ð9Þ

where C 0 is a virtual mass coefficient, taken as C 0 = 0.5
for bubbly flow and C 0 = 0 for other flow regimes. The
interfacial friction factor CFI is taken as

CFI ¼

CD

ffiffiffi
a

p
ð1� aÞ�1:7 qL

qG

Dh

2RB

bubbly flow ða 6 0:25Þ
0:005ð1þ 75ð1� aÞÞ
annular flow ða P 0:8Þ

8>>>>><
>>>>>:

ð10Þ

In the churn turbulent flow with medium void frac-
tion between the bubbly and annular flow, CFI is inter-
polated linearly with void fraction between the two
values given in Eq. (10). The drag coefficient for a single
bubble CD, in Eq. (10), depends on the bubble Reynolds
number ReB

CD ¼
24

ReB
ð1þ 0:15Re0:687B Þ ReB < 1000

0:44 ReB P 1000

8<
: ð11Þ

where the bubble Reynolds number ReB is defined as

ReB ¼ 2qLRBð1� aÞ j UG � UL j
lL

ð12Þ

Note that FLG in Eq. (9) is positive for vertical
upward flow (UG > UL), and negative for vertical down-
ward flow (UG < UL).



J.L. Xu et al. / International Journal of Heat and Mass Transfer 49 (2006) 377–386 381
2.2.2. Shear stress between the liquid phase and

the tube wall

The wall liquid friction FWL is modeled by the Chis-
holm�s correlation [12], since such correlation fits the ad-
vanced empirical correlation curves of Baroczy quite
well and accounts for the effect of mass flux on the fric-
tion pressure gradient. The correlation is expressed by
the following set of equations:

FWL ¼ b1þ ðY 2 � 1ÞðBxð2�nÞ=2ð1� xÞð2�nÞ=2 þ x2�nÞcDPLO

ð13Þ

DPLO ¼ 4

Dh

fLO
G2

2qL

ð14Þ

where DPLO is the single phase friction pressure drop
which would exist if the total mass flow of two phase
mixture flowed as liquid phase only, n is the power in
the friction factor–Reynolds number relationship
(n = 0.25 for the Blasius equation). Y is a property coef-
ficient defined by the square root of the ratio between
the pressure gradient due to friction if the total mixture
flows as vapor only and that if the total mixture flows as
liquid only, i.e.,

Y ¼ DPGO

DPLO

� �0:5

¼ fGOqL

fLOqG

� �0:5

ð15Þ

The coefficient B in Eq. (13) is given by

B ¼ CY � 22�n þ 2

Y 2 � 1
ð16Þ

where

C ¼ UL

UG

ffiffiffiffiffiffi
qL

qG

r
1þ U 2

G

U 2
L

qG

qL

� �
ð17Þ

The true vapor mass quality x can be calculated as

x ¼ 1

1þ 1�a
a

qL
qG

UL

UG

ð18Þ

In Eq. (14) fLO is the single-phase friction coefficient
determined from

fLO ¼ 16

ReLO
for ReLO ¼ GDh

lL

6 2000 ð19Þ

fLO ¼ 0:079Re�0:25
LO for ReLO ¼ GDh

lL

> 2000 ð20Þ

In Eq. (15) fGO is determined from equations simi-
lar to Eqs. (19) and (20), but involving the vapor
properties.

2.2.3. Determination of FGI and FLI

The momentum exchange between the phases, FGI

and FLI, due to the mass exchange, are modeled as:

F GI ¼ gðUG � ULÞCG ð21Þ
F LI ¼ ð1� gÞðUL � UGÞCL ð22Þ

gis the phase distribution factor, g = 0.5 for bubbly flow,
and g = 0 in other flow regime.

2.3. Vapor generation rate

After ONB, bubbles appearing on the heating surface
may condense in the bulk flow as they recede from the
surface. The net amount of vapor generation rate is
determined by the difference between the vapor genera-
tion rate at the wall and the condensation rate in the
bulk. A correlation by Bergels et al. [13] is used to deter-
mine the wall overheating at which the first nuclei is
activated

TW � T sat ¼
5

9

qW
1100

P�1:156
� �0:463P0:0234

ð23Þ

The left hand of the above equation is the wall super-
heating. P is the pressure in bar. qW has the unit of
W/m2.

In the subcooled region, the wall heat flux can be di-
vided into three components, i.e. the vapor generation
term qV, single phase forced convection fraction,
and the ‘‘pumping effect’’, qp due to the agitation of
the thermal boundary layer caused by the bubble
growth-collapse cycle. The last two terms are combined
together to contribute the sensible heating of the bulk
liquid.

qW ¼ qV þ C1
~hspðTW � T LÞ þ qp ð24Þ

where C1 accounts for the portion of the heating surface
which is not cover by bubbles. C1 is dependent on the
void fraction. The heating surface is not directly accessi-
ble to liquid as the void content increases since more
bubbles cover the heating surface. Hainoun et al. [3] sug-
gested that C1 can be expressed as:

C1 ¼ 1� p
16

a
aOSV

for a 6
16aOSV

p

C1 ¼ 0 for a >
16aOSV

p

ð25Þ

where aOSV is the void content at OSV.
~hsp is the single-phase heat transfer coefficient and the

wall temperature TW is predicted by Shah [14].
Define pumping factor as the ratio between the

pumping component and the vapor component, e ¼ qP
qV
.

Thus qV is given as:

qV ¼ qW � C1
~hspðTW � T LÞ
1þ e

ð26Þ

Introduce another coefficient C2 to relate the pump fac-
tor as

C2 ¼
1

1þ e
ð27Þ
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Eq. (26) is rewritten as

qV ¼ C2ðqW � C1
~hsp½TW � T L�Þ ð28Þ

The pumping factor can be calculated from Zeitoun and
Shoukri [4] as

e ¼ 3

4

qLCPLðTW � T LÞ
qGhLG

dth
2RB

ð29Þ

where the thermal boundary layer thickness dth is de-
fined as

dth ¼
kLðTW � T LÞ

qW
ð30Þ

Alternatively, Yang and Weisman [15] correlated the
pumping factor based on their experimental data as

e ¼ 3
hL;sat � hL

hLG
ð31Þ

Note that, Eq. (31) is only valid for R113, which needs
more verification before it is extended to other working
fluids.

The coefficient C2 can be determined once e is estab-
lished. Alternatively, the C2 expression developed by
Hainoun et al. [3] can be used

C2 ¼ 2CEV
TW � T sat

TW � T L

� �2

ð32Þ

where CEV is an evaporation parameter with a value of
about 0.5.

Hence the vapor production rate on the wall surface
is given as

CG;V ¼ qVP h

AhLG
ð33Þ
2.3.1. Bubble condensation rate

Hainoun et al. [3] assumed that bubble condensation
is dependent on the Jacob number. Heat transfer at the
phase boundary largely determines condensation when
the Jacob number is less than 80. Inertia effects are dom-
inant if the Jacob number is larger than 100. In transi-
tion region (80 < Ja < 100) both the heat transfer and
the inertia effects are of significance. The inertia-con-
trolled condensation is written as

CG;con ¼ CconqG

a
sC

ð34Þ

where sC is the condensation time after Rayleigh.
In the heat transfer dominant region, the conden-

sation rate is modeled in terms of the bulk Reynolds
number as

CG;con ¼ Ccon3:6
a

d2
BA

qGaNu1Ja for Re < 104 ð35Þ
CG;con ¼ Ccon3:6
a

dBADh

qGaNu2Ja for Re > 3� 104

ð36Þ

Ccon has the empirical value of 0.16 through comparing
with the experimental data. The determination of sC,
dBA, Nu1 and Nu2 can be found in Hainoun et al. [3].

Hence the net vapor generation rate is determined by
the difference between the vapour generation rate at the
wall and the condensation rate in the bulk

CG;net ¼
qVP h

AhLG
� CG;con ð37Þ
3. Solution procedure

With the assumption that the vapor phase is satu-
rated, thus the vapor density and enthalpy are depen-
dent on pressure, the differential terms oqG

oz , and
ohG
oz can

be replaced by the differential terms of oP
oz by

oqG

oz
¼ oqG

oP
oP
oz

¼ 1

a2G

oP
oz

ð38Þ

ohG
oz

¼ ohG
oP

oP
oz

ð39Þ

The liquid density is dependent on pressure and enthalpy.
Thus oqL

oz can be replaced by:

oqL

oz
¼ oqL

ohL

����
P

ohL
oz

þ oqL

oP

����
hL

oP
oz

ð40Þ

Substituting Eqs. (38)–(40) into the partial differential
Eqs. (1)–(5), we obtained:

qGUG

oa
oz

þ aUG

a2G

oP
oz

þ aqG

oUG

oz
¼ CG ð41Þ

� qLUL

oa
oz

þ ð1� aÞUL

oqL

oP

����
hL

oP
oz

þ ð1� aÞqL

oUL

oz

þ ð1� aÞUL
oqL

ohL

����
P

ohL
oz

¼ CL ð42Þ

aqGUG
oUG

oz
þ a

oP
oz

þ aqGg cosðhÞ ¼ �F LG � F GI ð43Þ

ð1� aÞqLUL
oUL

oz
þ ð1� aÞ oP

oz
þ ð1� aÞqLg cosðhÞ

¼ �FWL þ F LG � F LI ð44Þ

aqGUG
ohG
oP

oP
oz

þ ð1� aÞqLUL
ohL
oz

¼ qWP h

A
� CGðhG � hLÞ ð45Þ

Eqs. (41)–(45) can be expressed as Eq. (46) by choosing
a, P, UG, UL, hL as the dependent variables
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Here

B1 ¼ CG;net

B2 ¼ �CG;net

B3 ¼ �F LG � F GI � aqGg cosðhÞ
B4 ¼ �FWL þ F LG � F LI � ð1� aÞqLg cosðhÞ

B5 ¼
qWP h

A
� CG;netðhG;sat � hLÞ

9>>>>>>>=
>>>>>>>;

ð47Þ

Eq. (46) was solved using Runge–Kutta or Euler method
for small mesh size.

3.1. Boundary condition

To start the computation, an initial void fraction (e1)
and bubble relative velocity (e2) are used. The calcula-
tion shows that the range of e1=10�3–10�5 and
e2 = 10�2–10�4 has no influence on the calculated void
fraction. Note that e2 is positive for vertical up-flow,
and negative for the vertical down-flow.

The boundary conditions of the two-phase at z ¼ zLsp

are

a0 ¼ e1
P 0 ¼ P in � 4Lsp

Dh
fLO G2

2qL;in
ðP in specifiedÞ

UG;0 ¼ UL;0 þ e2
UL;0 ¼ G

qL;ONB
ðG specifiedÞ

hL;0 ¼ hL;ONB

9>>>>>>=
>>>>>>;

ð48Þ

Integration was performed from the ONB to the
channel exit using the Gauss–Seidel iteration technique
to solve the linear Eq. (46). Initially larger mesh sizes,
corresponding to a small number of node points N are
used. Then N is increased gradually to check its effect
on the exit void fraction. Such process stopped until a
very stable exit void fraction is reached. For most of
our calculations, N = 50–100 has enough accuracy.
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Fig. 2. Effect of C1 coefficient on the void fraction.
4. Results and discussion

4.1. Sensitivity analysis of coefficients C1 and C2

To validate the proposed model, comparisons have
been made with the available experimental data pub-
lished by Zeitoun and Shoukri [4]. Sensitivity analyses
of coefficients C1 and C2 in the vapor generation equa-
tion were conducted. Curve 1 in Fig. 2 is plotted using
C1 = 1.0. Since aOSV is in the range of 0.05–0.1 as re-
ported by Rogers et al. [5], curves 2 and 3 are produced
using Eq. (25) with aOSV of 0.05 and 0.1, respectively. It
is seen from Fig. 2 that the calculated void fractions are
insensitive to the C1 coefficient. The differences among
the three curves can only be identified near the channel
exit. The results indicated that under low-fluid velocity
the single phase heat transfer fraction is insignificant in
vapour generation. The void fraction is insensitive to
the fraction of the heating surface covered by the fluid.

Fig. 3 shows the influence of C2 on the void fraction.
The result indicated that the pumping factor e developed
by Yang and Weisman [15] (curve 3) over-predicts the
void fraction. Since the correlation was developed from
the experimental data of R113, it is not suitable for
water-steam system. The pumping factor developed by
Zeitoun and Shoukri [4] (curve 1) also over-predicts
the void fraction. Note that the C2 coefficient by Hai-
noun et al. [3] (curve 2 using Eq. (32)) matches the exper-
imental data very well. Based on the above analysis, the
following coefficients were used in the subsequent void
fraction modeling.

C1 ¼ 1

C2 ¼ 2CEV

TW � T sat

TW � T L

� �2
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4.2. Comparisons with the experimental data

To validate the proposed model, comparisons have
been made with available experimental data by Donev-
ski and Shoukri [16], Rogers et al. [5], and Zeitoun
and Shoukri [4], Bibeau and Salcudean [7]. Their exper-
imental set-up and flow conditions are summarized in
Table 1. The experimental parameters cover the follow
ranges: pressure of 1–2 bar, mass flux of 70–500 kg/m2,
and wall heat flux of 300–1000 kW/m2.

Figs. 4 and 5 show that the proposed theoretical void
fraction distributions agree well with the experiment
data presented by Zeitoun et al. [4] and Rogers et al.
[5] in vertical up-flow configuration.

Fig. 6 shows a comparison of the void fraction distri-
bution along the tube with experimental results reported
by Donevski et al. [16]. In the reported experiment, an
adiabatic section was maintained after 0.4 m measured
from the inlet. Again good agreement was obtained.

4.3. Comparison between the vertical up-flow and

down-flow

Fig. 7 shows the comparisons of void fractions for
vertical up-flow and vertical down-flow. The good agree-
ment between predicted value and experimental data
Table 1
Various experimental set-up and flow condition for void fraction mea

Authors Annular gap
dimension (mm)

Channel
length (mm)

Flow
directi

Donevski and Shoukri [16] 25.0 mm OD,
12.7 mm ID

420 Vertic
up-flow

Rogers et al. [5] 30.9 mm OD,
13.1 mm ID

480, 600 Vertic
up-flow

Zeitoun and Shoukri [4] 25.4 mm OD,
12.7 mm ID

300 Vertic
up-flow

Bibeau and Salcudean [7] 21.8 mm OD,
12.7 mm ID

480 Vertic
down-
presented by Bibeau et al. [7] indicates that the present
model is applicable to both vertical up-flow and down-
flow situation. The results show that for the same flow
condition, higher void fraction prevails for vertical
down-flow than that for vertical up-flow. The numerical
results also show that OSV occurs early for vertical
down-flow than that of up-flow. This is due to the rea-
son that for vertical down-flow, the buoyancy force is
opposite to the bulk flow hence a lower vapor velocity
surement

on
Pressure
(bar)

Mass
flux
(kg/m2s)

Heat
flux
(kw/m2)

Inlet
subcooling
(�C)

al 1.687–1.735 420–430 576–594 30

al 1.50–1.55 70–450 300–1200 18–51

al 1.17–1.68 252.8–403.0 487.9–603.2 16.6–20.1

al
flow

1.55 220–450 300–900 10–85
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is predicted. Fig. 8 shows the variation of liquid phase
and vapor phase velocities against the quality. As the
buoyancy force is opposite to the flow, vapor is difficult
to move into the downward bulk flow hence vapor resid-
ing in the channel and a larger void fraction is resulted.
5. Conclusions

A one-dimensional, non-equilibrium two-fluid model
has been developed for the predictions of low-pressure
subcooled flow boiling. The model has been validated
by the available experimental data for both vertical
up-flow and down-flow.

The simulated results show that at low pressure the
void fraction is insensitive to the fraction of the heating
surface covered by the fluid. The predicted results high-
light that buoyancy force plays an important role on the
void fraction evolvement, especially at low velocity for
vertical down-flow.
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